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ABSTRACT 
1 

To s a t i s f y  f u t u r e  p i p e l i n e  gas requirements,  cons iderable  process development 
7 

work i s  being aimed a t  g a s i f y i n g  coa l  t o  produce s u b s t i t u t e  n a t u r a l  gas (SNG). The 

h e a r t  of many of t h e  g a s i f i c a t i o n  processes  b e i n g  developed i s  a fluid-bed g a s i f i e r  

i n  which char is reac ted  w i t h  steam/oxygen or hydrogen. 

be ing  developed a t  t h e  U.S. Bureau of Mines, Pi t t sburgh  Energy Research Center,  char 

In t h e  HYDRANE process ,  

i s  reac ted  d i r e c t l y  wi th  hydrogen i n  t h e  fluid-bed s t a g e  of t h e  hydrogas i f ie r .  

Order t o  scale-up t h e  fluid-bed r e a c t o r  t o  p i l o t  p l a n t  or commercial s i z e  wi th  con- 

f idence ,  a f luid-bed reac tor  model has been developed us ing  t h e  bubble-assemblage 

concept and has  been shown t o  f i t  e x i s t i n g  d a t a  reasonably w e l l .  Data from moving- 

bed r e a c t o r  experiments and t h e  correspondinR model were compared eo t h e  fluid-bed 

r e s u l t s  and i l l u s t r a t e  t h e  d i f f e r e n c e s  between plug-flow and well-mixed so l id-gas  r e a c t o r s .  

INTRODUCTION 

I n  

In order t o  s a t i s f y  f u t u r e  p i p e l i n e  gas requirements and a l l e v i a t e  c u r r e n t  

shor tages ,  cons iderable  process development work is  underway for  gas i fy ing  c o a l  

t o  produce s u b s t i t u t e  n a t u r a l  gas  (SNG).  The h e a r t  of many of t h e  g a s i f i c a t i o n  

processes under development i s  a fluid-bed g a s i f i e r  i n  which char is reac ted  wi th  

steamloxygen or hydrogen. In t h e  HYDRANE process ( f i g u r e  l ) ,  be ing  developed a t  

t h e  U.S. Bureau of Mines, P i t t sburgh  Energy Research Center,  raw c o a l  of bituminous 

o r  lower rank is  reac ted  d i r e c t l y  with hydrogen i n  a two-stage hydrogas i f ie r  t o  

produce 9 5 %  of t h e  product methane. 

a f l u i d i z e d  bed of char i n  which hydrogen is t h e  f l u i d i z i n g  gas.  

The lower s t a g e  of  t h e  h y d r o g a s i f i e r  is  

Conceptually, 
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t h e  gas e x i t i n g  the  bed conta ins  about 46% methanqand t h e  char leav ing  t h e  f l u i d  

bed conta ins  about h a l f  t h e  cnrhon i n i t i a l l y  f e d  t o  t h e  hydrogas i f ie r  i n  t h e  raw 

coa l .  Prevention of agglomeration is  of g r e a t  importance because most of the  

e a s t e r n  and midwestern American c o a l s  sof ten ,  swel l ,  and become s t i c k y  a t  t e rn  

pera tures  above 400° C . ,  e s p e c i a l l y  i n  t h e  presence of hydrogen, and a r e  there-  

f o r e  impossible t o  process  i n  a f l u i d  bed without some pre t rea tment  or d i l u t i o n .  

Thus, t h e  t o p  s t a g e  of t h e  hydrogas i f ie r  i s  a dilute-phase,  f r e e - f a l l  r e a c t o r  in 

which t h e  raw p u l v e r i z e d  c o a l  i s  fed  i n  a d i l u t e  cloud concurren t ly  with t h e  gas  

produced i n  t h e  bottom s t a g e ,  render ing  t h e  p a r t i c l e s  nonagglomerating and produc- 

i n g  a very  porous, r e a c t i v e  char.  Approximately 20% t o  30% carbon conversion occurs  

in t h i s  s tage ,and  t h e  product gas conta ins  about 70% methane. 

Experimental d a t a  have been obtained from a 1 2  lb . /hr .  process development 

u n i t  in which t h e  bottom s t a g e  of the  hydrogas i f ie r  has been opera ted  a s  e i t h e r  a 

f l u i d i z e d  bed o r  a moving bed r e a c t o r .  

f luid-bed r e a c t o r ,  a model descr ib ing  t h e  movement of g a s  and s o l i d s  in t h e  r e a c t o r  

and a r e a c t i o n  r a t e  model i s  needed. 

the reac t ion  r a t e  equat ion  y i e l d i n g  r e a c t o r  s i z e  and product gas composition. 

t h i s  Paper a fluid-bed r e a c t o r  model h a s  been developed using t h e  bubble-assemblage 

concept o r i g i n a l l y  developed by Kat0 and Glen (1) and is shown t o  descr ibe  some 

experimental  d a t a  reasonably wel l .  

and used t o  model experimental  d a t a  a s  w e l l  a s  i l l u s t r a t e  the  d i f f e r e n c e s  between 

plug-flow and w e l l  mixed solid-gas r e a c t o r s .  

Apparatus and Procedure 

In des igning  a scaled-up vers ion  of t h e  

The r e a c t o r  model is  then i n t e g r a t e d  with 

I n  

A moving-bed r e a c t o r  model is  a l s o  developed 

The two-stage labora tory  h y d r o g a s i f i e r  is shown i n  f i g u r e  2. It c o n s i s t s  of 

a dilute-phase r e a c t o r  i n t e g r a t e d  with a second s t a g e  which can b e  opera ted  a s  

e i t h e r  a moving-bed o r  f lu id-bed  r e a c t o r .  

diameter. schedule 10, type  304. s t a i n l e s s  s t e e l  p ipe  6-feet  long. The p ipe  is 

hea ted  i n  t h r e e  2-feet-long s e c t i o n s  conta in ing  s i x  1,000-watt s t r i p  h e a t e r s  

The d i lu te -phase  r e a c t o r  i s  a 3-inch- 



mounted d i r e c t l y  on t h e  pipe wal l .  

and 1s contained i n  s 10-inch-diameter, schedule  160, carbon s t e e l  pipe which 

a c t s  a s  the  pressure  s h e l l .  Pulver ized coa l  is fed  i n t o  the  r e a c t o r  by g r a v i t y  

v i a  a l / l - inch nozzle, which protrudes one foot  i n t o  t h e  reactor. 

s t a g e  was operated as a f l u i d  bed, t h e  char leav ing  the  di lute-phase r e a c t o r  was 

crushed t o  reduce t h e  p a r t i c l e  s i z e  t o  a l e v e l  acceptab le  f o r  f lu$diza t ion .  The 

average diameter of char  p a r t i c l e s  leav ing  t h e  di lute-phase r e a c t o r  can b e  as 

much a s  s i x  t i m e s  t h e  average diameter of the  pulver ized feed coa l  p a r t i c l e s  owing 

t o  swel l ing and p a r t i c l e  agglomeration and consequently, prevent  adequate  f l u i d i z a -  

t i o n  unless  t h e  p a r t i c l e s  are crushed. 

i n  t a b l e  1. The second s t a g e  r e a c t o r  is a l s o  a +inch-diameter pipe. b u t  is 10-feet 

long and has  f i v e  heated zones. 

i n t o  t h e  3-inch-diameter pipe f o r  f luidized-bed experiments. Temperatures repor ted  

f o r  t h e  dilute-phase and fluid-bed r e a c t o r s  correspond t o  reac tor  pipe wall t h e m -  

couple  msasurements. In t h e  moving-bed experiments, repor ted  temperatures  correspond 

t o  thermocouples suspended d i r e c t l y  i n t o  t h e  char  bed. 

The pipe i s  wrapped i n  f i b e r f r a r  i n s u l a t i o n  

l a e n  t h e  second 

b 

An example of p a r t i c l e  swel l ing is shown 

A s l e e v e  having a 2-inch i n s i d e  diameter is i n s e r t e d  

Two fluid-bed r e a c t o r  schemes were used and are s h a m  in f i g u r e  3. In scheme 

A, hydrogen was fed  y i t h o u t  prehea t ing  i n t o  t h e  bottom of the bed by two gas nozzles, 

and r e s i d u a l  char  w a s  r emved  a t  the  bottom of t h e  bed. A amall amount of f i n e s  

was car r ied  over  i n  t h e  i n t e r s t a g e  gas .  The bed l e v e l  was measured by t h r e e  pres- 

s u r e  d i f f e r e n t i a l  probes which were cont inua l ly  purged with a n i t rogen  f low of about 

6 8.c.f.h. Some t y p i c a l  temperature p r o f i l e s  a r e  shown in f i g u r e  4 and i n d i c a t e  

t h a t  about 30 cm. of t h e  f l u i d  bed l a  required t o  h e a t  up t h e  hydrogen f e e d  gas and 

a t t a i n  a uniform bed temperature. In scheme B, t h e  hydrogen was preheated t o  r e a c t o r  

temperature and was fed through a d i a t r i b u t o r  p l a t e  a t  t h e  bottom of t h e  reac tor .  

The preheater  temperature  and hence hydrogen feed temperature was cont ro l led  c l o s e l y  

by a cool ing water c o i l  i n s i d e  t h e  prehea ter  i t s e l f  and extending t h e  f u l l  l ength  

of t h e  preheat zone. 
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TABLE 1.- Typical P a r t i c l e  Data for  Dilute-Phase Char 
( I l l i n o i s  t6  h.v.C.b.) Before Crushing* 

Run No. 162 163 164 

W t .  % W t .  % W t .  % U.S. Mesh S i z e  
On 1 / 4 "  0.05 0.03 0.05 

1/4" x 4 1.16 0.57 0.49 

4 x 6  a. 96 4.89 5.62 

6 x 8  17.35 14.77 10.27 

- 

a x i o  12.09 12.09 io. a i  
10 x 1 2  8.47 a. 91 8.51 

i 

1 2  x 1 4  

1 4  x 20 

20 x 30 

30 x 50 

50 x 100 

a. 34 a. 89 9.40 

17.35 19.34 20.00 

13.27 13.78 17.76 

9.52 10.52 14.31 

3.11 5.47 2.45 

100 x 200 0.18 0.47 0.18 

Thru 200 0.15 0.25 0.18 
- 
d nun. 
P' ' 1.031 0.866 0.897 

Pb., gm./cm? 0.109 0.141 0.111 

*Feed Coal 50- x 100-mesh (U.S. Sieve S ize ) ,  8. = 0.223 mm. 
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Ihe r e s i d u a l  char  was c a r r i e d  out  of t h e  r e a c t o r  with the product gas v i a  an overflow 

pipe and w a s  separa ted  from the  gas .  A b a f f l e  was i n s e r t e d  a t  t h e  top of t h e  

r e a c t o r  t o  prevent s h o r t - c i r c u i t i n g  of feed char  d i r e c t l y  t o  t h e  overflow pipe.  

Typical  temperature p r o f i l e s  f o r  t h i s  mode of opera t ion  are i l l u s t r a t e d  i n  f i g u r e  

5 .  Again about 30 cm. of bed was needed t o  achieve a uniform temperature because 

too much cool ing water wa3 c i r c u l a t e d  through t h e  prehea ter .  

The r e a c t o r  scheme f o r  the  moving-bed experiments is  shown i n  f i g u r e  6. The 

char  from the  d i lu te -phase  r e a c t o r  dropped i n t o  t h e  second-stage r e a c t a r  which con- 

s i s t e d  of a f r e e - f a l l  zone and a moving-bed zone. Hydrogen w a s  fed  i n t o  t h e  bottom 

of the moving-bed zone and flowed countercurrent  t o  t h e  movement of char .  Char 

was removed from the  bottom of t h e  r e a c t o r  by a s tarwheel  crusher  and t h e  resi- 

dence time was var ied  by changing t h e  char  bed he ight .  

f o r  t h i s  echeme a r e  shown i n  f i g u r e  7. 

Typica l  temperature  p r o f i l e s  

I n  a l l  experiments except  HY-3, the  carbon conversion was determined from an  

u l t imate  a n a l y s i s  of  t h e  char  product and the  composition of t h e  i n i t i a l  c o a l  assuming 

100% ash recovery. In some experiments. t h e  recovery of carbon, ash ,  and hydrogen 

were checked and were usual ly  b e t t e r  than 95%. 

t i o n  w a s  not  known accura te ly  because product gas from t h e  d i lu te -phase  r e a c t o r ,  con- 

t a i n i n g  about 70% methane, mixed with t h e  moving-bed product gas near t h e  sampling 

poin t .  This yielded i n f l a t e d  va lues  of methane concent ra t ion .  Therefore ,  methane 

y i e l d s  based on t h e  moving-bed product gas  a n a l y s i s  were not  used. 

is shown i n  f i g u r e  8 where a c t u a l  and ca lcu la ted  methane concent ra t ions  are shown. 

Carbon conversion f o r  t h e  o v e r a l l  two-stage u n i t  based on the  s o l i d s  a n a l y s i s  was 

cheaked by c d l c u l a t i n g  carbon conversion based on t h e  t o t a l  product  gas and o i l  

y i e l d s .  

The moving-bed product gas  composi- 

The mixing e f f e c t  

The u l t imate  analyses  f o r  t h e  I l l i n o i s  16 h.v.C.b. coa l  and t h e  char  product  

The f o r  t h e  fluid-bed t e s t s  and t h e  char  p a r t i c l e  d a t a  a r e  tabula ted  i n  t a b l e  2. 



, 
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corresponding run condi t ions  and conversion d a t a  a r e  l i s t e d  i n  t a b l e  3. The 

carbon conversion i n  t h e  di lute-phase r e a c t o r  f o r  tests HY-2, 3, 13, and 1 4  was 

assumed t o  be about 28% based on previous di lute-phase da ta  wi th  I l l i n o i s  16 coal  e), 
and the remaining conversion occurred i n  t h e  f l u i d  bed. For t e s t s  HY-5, 11, and 

12 ,essent ia l ly  pure hydrogen was used 8s t h e  feed  gas ins tead  of  a hydrogen-methane 

mixture s o  t h a t  an a d d i t i o n a l  4.5 t o  5% carbon conversion occurred br inging  t h e  

di lute-phase value t o  33%. The conversion of the o ther  coa l  c o n s t i t u e n t s  i n  t h e  

di lute-phase r e a c t o r  can be c a l c u l a t e d  using t h e  c o r r e l a t i o n s  given i n  f i g u r e s  

9-12, which are based on 95 c o a l  hydrogas i f ica t ion  experiments i n  the  HYDRANE PDU. 

The data  f o r  s u l f u r  removal a r e  s c a t t e r e d  because of t h e  e r r o r  i n  determining 

changes i n  small amounts of s u l f u r  i n  the  c o a l  and char  samples. 

which usual ly  exceeds 90% for carbon conversions above 20%. can be considered t o  

b e  complete. The c a l c u l a t e d  c o n s t i t u e n t  conversions i n  t h e  di lute-phase r e a c t o r  

f o r  28% and 33% carbon conversion a r e  shown i n  t a b l e  4. 

Oxygen removal, 

The u l t imate  ana lyses  f o r  t h e  I l l i n o i s  06 h.v.C.b. coa l  used i n  t h e  moving- 

These da ta  bed t e s t s  and the  ana lyses  of t h e  char  product  are shown i n  t a b l e  5. 

a r e  presented on a dry b a s i s  f o r  convenience i n  c a l c u l a t i n g  conversions.  

Reaction Rate of Coal-Char Hydrogas i f ica t ion  

It has been demonstrated by a number of i n v e s t i g a t o r s  (J,&,A,&,z,g) t h a t  c o a l  

c o n s i s t s  roughly of two p o r t i o n s  g r e a t l y  d i f f e r i n g  i n  r e a c t i v i t y :  

por t ion  r e l a t i n g  t o  t h e  v o l a t i l e  hydrocarbons present  i n  coal .  and a r e l a t i v e l v  low 

r e a c t i v i t y  r e s i d u a l  carbonaceous matter, coke. In t h e  presence of hydrogen, the  

i n i t i a l  phase of extremely r a p i d  r e a c t i o n  is  presumably due t o  pyro lys i s  followed 

by hydrogenolysis of t h e  in te rmedia tes  t h a t  a r e  der ived  from e s s e n t i a l l y  a l i p h a t i c  

hydrocarbon s i d e  cha ins  and oxygenated f u n c t i o n a l  groups. The remainder of the  

carbon i n  the  char  is  converted t o  methane much more slowly, apparent ly  a t  t h e  char  

sur face  almost s t o i c h i o m e t r i c a l l y  according t o  t h e  graphite-hydrogen reac t ion .  

a h i g h l y  r e a c t i v e  



TABLE 3.- So l ids  Conversion For Fluid-Bed Tests, 50- x 100-Mesh 
I l l i n o i s  116 h.v.C.b. Coal, 1,000 p . s . i . g .  

Run 2 

Coal Rate, gms./hr. 2270 
(Dry) 

Dilute-Phase Reactor 

Temp., C 850 
Feed Gas, s.c.f.h. 234 
% H2 45 

CH4 48 
Ar(He*) 6 
N 2  1 

Fluid-Bed Reactor 

Feed Gas, s.c.f.h. 310 
% H 2  97 
N2 3 

T o t a l  Conversion 

C 55.2 
H 88.2 
S 87.9 
N 80.1 
0 97.2 

Fluid-Bed Height,cm. 143 
Char Yield, gm./gm. 0.436 

dry  coa l  

3 

2724 

850 
185 

56 
35 
8 
1 

215 
94 

6 

53.6** 
79.9 
71.8 
66.3 
77.8 

5 

4631 

850 
260 

94.5 
0.2 
4.3 
1.0 

320 
99 
1 

55.8 
89.8 
74.4 
74.9 
88.1 

143  143 
0.499 0.480 

11 

5448 

850 
167 

93 
0 
7 
0 

330 
91  

9 

60.8 
92.7 
80.1 
83.4 
95.6 

122 
0.471 

12 

3087 

900 
108 

92.6 
0 

7.4 
0 

249 
91.1 

8.6 

55.1 
89.6 
76.4 
85.4 
91.6 

122 
0.514 

1 3  

2951 

900 
110 

53.4 
38.0 
7.3* 
1.2 

240 
88 
12 

55.6 
94.0 
78.4 
86.7 
10 0 
122 

14 

3042 

9 00 
110 

47.8 
39.0 
11. o* 

1.2 

240 
88 
12 

53.7 
90.1 
82.3 
82.3 

100 
12 2 

0.473 0.503 

**Calculated based on char  recovered. 



TABLE 4.- Calculated Cons t i tu tent  Conversion i n  
the D i l u t e p h a s e  Reactor 

Conversion, X 

28.0 33.0 

65.2 69.6 

47.5 51.2 

29.6 30.7 

92.5* 93.0* 

Char Yie ld ,  &m./gm. dry c o a l  0.677 0.639 

*Estimated from Figure 13. 
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1 

During t h e  i n i t i a l  phase of t h e  coal-hydrogen r eac t ion ,  t h e  coa l  p a r t i c l e s  

a r e  quickly sof tened,  become me tap la s t i c  g iv ing  o f f  V o l a t i l e  matter, and e rup t  

i n  a manner somewhat similar t o  popping of popcorn. 

a k i n e t i c  model f o r  t h i s  i n i t i a l  rapid r eac t ion  of coa l  hydrogas i f i ca t ion .  

t he  f r e e - i a l l  r e a c t o r  of  t h e  HYDRANE process ,  t h e  i n i t i a l  phase of  hydrogasif ica-  

t i o n  of coal  t akes  p l a c e  l eav ing  a small por t ion  of v o l a t i l e  matter i n  t h e  char .  

This  char  is then r eac t ed  wi th  hydrogen in a fluidized-bed r eac to r  i n  t h e  HYDRANE 

process. 

descr ibed elsewhere (z,z ,x).  

Wen and Huebler (2) presented 

I n  

The r e a c t i o n  r a t e  i n  t h i s  second phase of hydrogas i f i ca t ion  has  been 

For the  second phase r eac t ion ,  

Char + AH2 + CH,, (1) 

where ,? i s  a s to i ch iomet r i c  c o e f f i c i e n t  obtained by an empi r i ca l  c o r r e l a t i o n  (2.2) 

1.0 f o r  X<0.45 

(2)  i A 8X - 2.6 fo r  0.452 X i 0.55 

(1.8 f o r  0.55<X 

and t h e  average va lue  of ?, is obtained a s  follows: 

h = S ) L d x / S d X  . (3 )  

The r a t e  of hydrogas i f i ca t ion  of char  is given by 

dz = k(1-Z)P ( 4 )  
d t  H2 

where 2 is t h e  carbon conversion in t h e  second phase r eac t ion  and i s  equal  t o  

(X-Xo)/(l-Xo). 

carbon converted i n  t h e  f i r s t  phase r eac t ion  o r  i n  the  pretreatment ,  P is  t h e  

p a r t i a l  p re s su re  of hydrogen and k i s  t h e  r e a c t i o n  r a t e  constant .  

The above equat ion can b e  w r i t t e n  i n  t h e  fol lowing form a s  

Here X i s  t h e  carbon conversion based on t h e  raw coal ,  Xo is  t h e  

“2 

d t  = K ( 1 - 2 )  YH (5) 

where YH P H2 /P H2, K = k p H i  and PHo is t h e  p a r t i a l  p re s su re  of hydrogen a t  t h e  i n l e t .  
2 

I 

P 
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Feldmann e t  a 1  (s) presented the fol lowing c o r r e l a t i o n  f o r  the reac t ion  r a t e  

constant :  

1 I n  k = -10.45 x 1 0 3 ( ~ )  + 7.08, k: atm.-lhr.-], T: K 

A s  w i l l  be  shown l a t e r ,  t h e  values  of k and a c t i v a t i o n  energy c a l c u l a t e d  from 

experimental carbon conversions using the  Bubble Assemblage model o r  moving bed 

model developed a r e  s i g n i f i c a n t l y  smaller than those ca lcu la ted  from the above 

equation. 

Simulation of Fluidized-Bed Hydronasif ier  

1. Minimum F l u i d i z a t i o n  Veloci ty  

It has been shown by Feldmann e t  a 1  (E,=) t h a t  the  minimum f l u i d i z a -  

Cion ve loc i ty  of coa l  chars  with popcorn-like s t r u c t u r e  is g r e a t e r  than t h a t  c a l -  

c u l a t e d  from the Wen-Yu c o r r e l a t i o n  (2) which is  appl icable  only t o  nonvesicular  

p a r t i c l e s .  The empir ica l  c o r r e l a t i o n  proposed by Feldmann e t  a 1  (13) has the 

fol lowing form: 

umf :f d E =  0.0135 [dp3 

where d is p a r t i c l e  diameter ,  
P 

p i s  gas  d e n s i t y ,  

p s  i s  p a r t i c l e  d e n s i t y ,  

y is gas v i s c o s i t y  

f 

g is g r a v i t a t i o n a l  acce lera t ion .  and 

Umf is the  minimum f l u i d i z a t i o n  ve loc i ty .  

2. Fluidized-Bed Model 

I n  the f l u i d i z e d  bed hydrogas i f ie r ,  the  second-phase r e a c t i o n  takes  P lace  

e i t h e r  countercur ren t ly ,  concurren t ly ,  o r  with overflow as schematical ly  descr ibed 

i n  f i g u r e  13. The Bubble Assemblage model (1,15,16,17,l&) is used t o  s imulate  the  

hydrogas i f ica t ion  of c o a l  char .  

are summarized a s  fol lows:  

The e s s e n t i a l  f e a t u r e s  of t h e  Bubble Assemblage model 



The f l u i d i z e d  bed is divided i n t o  a number of compartments, each of which 

has a height  t h a t  is uniquely determined by t h e  diameter  of t h e  bubble  

a t  t h e  COKKeSpOnding he igh t .  

0 Each compartment is composed of t h e  bubble  phase and t h e  emulsion phase. 

The s o l i d s  and gas  i n  t h e  emulsion phase and t h e  bubble  phase of each com- 

partment a r e  completely mixed with some exchange of  gas between t h e  two 

phases. 

The volume of t h e  bubble  phase is assumed t o  be  equa l  t o  t h e  volume of 

t he  bubbles i n  t h i s  paper. It is a l s o  assumed t h a t  no s o l i d s  e x i s t  i n  

t he  bubble phase. 

0 

Figure 14 dep ic t s  t h e  Bubble Assemblage Model under var ious modes of flow arrange-  

ment. P is a n  index of s o l i d  flow arrangement and is equal  t o  un i ty  when s o l i d s  

flow countercurrent  t o  t h e  gas. 

q 

feed r a t e ,  r e spec t ive ly .  

Under t h i s  condi t ion,  q,  - 1 + q2,  where q and 

are t h e  r a t i o  of s o l i d s  downflow rate and s o l i d s  upflow r a t e  t o  the  s o l i d  

When s o l i d s  a r e  f e d  from t h e  top and withdrawn from t h e  top  of t h e  bed 

(overflow type ) ,  Pc is 0 and q, - q2.  

From t h e  m a t e r i a l  ba l ance  of H around the  n-th compartment i n  t h e  bed, 
2 

t h e  following equat ions can be  w r i t t e n  f o r  t h e  bubble  phase and emulsion phase. 

wHo ( Y ~ ~ - ~  - yBn) + vBn yH0 F~~ (yen - Y Bn ) = n (7 )  

( 8 )  VBn YHo FOn (YBn - yen) - Ven \ Yen (l-Zn) = 0 

where \ is an apparent  r e a c t i o n  r a t e  constant  f o r  H 

s ion  phase and can be  w r i t t e n  as 

consumption in t h e  emul- 

\ ac (I-E ) pc0 Yco K (9) mf 

u 

r e l a t e d  t o  x a s  a 

i a  t h e  number of moles of H2 r eac t ed  wi th  one gram of  carbon in char  and is 
- 
h / 1 2 .  
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From a m a t e r i a l  ba lance  of carbon in t h e  c h a r  around t h e  n-th compartment, 

excluding n = l  and N ,  t h e  fol lowing equat ion can be obtained,  

q l ~ s o ~ c o ( ~ n + l  - zn) + q2WsoYco (Zn-l  - Z n )  =-Veri \ Yen (l-Zn)/ac (10) 

For t h e  top compartment of the  bed (n=N), w e  Eet ZW1 = 0.0 and t h e  fol lowing 

equat ion is obtained:  

- q w  1 SO Y CO z N + w  SO Y CO p 2 z N - 1  - ('-'c) zg = -VeN%YeN(l-ZN)/ac (11) 

For t h e  f i r s t  compartment (n=l ) ,  the  following equat ion can be w r i t t e n  f o r  t h e  

overflow type and t h e  countercur ren t  type: 

wsoyco(~ lz2 - PCZ 1) - ~2wsoycoz = -ve ,'bye (1-z 1) l a c  (12) 

From equat ions (7) and (8) we obta in :  

Y = -!YBn - YBn-l!/:2 !l-Zn! en 

where a E Ft/VBnFon and a I V 
2 enkb"H0. 

(13) 

(14) 

From equat ions ( l o ) ,  (11). (12). and (14) w e  get :  

z n + l =  p q l  + q2 zn - qz2Zn-1 + a 3  (YBn - Y B n d / " J  /q12 (15) 

i j  are in 
where Zo = ZN+l - 0.O.a I V e n ~ / a c W S O Y C O  and the  values  of q 

t a b l e  6. 

If the s o l i d  p a r t i c l e s  in t h e  bed a r e  assumed t o  be completely mixed, t h e  

bas ic  equat ion can be s i m p l i f i e d  as follows: 

Z = ZU = cons tan t  

J =1 1 + ( l+a ) a (l-ZIF) I 
1 2  

where ZIF is  t h e  conversion in t h e  bed and a t  t h e  o u t l e t .  

From an  o v e r a l l  material balance.  another  equat ion  r e l a t i n g  YBN and ZIF can be obtained 

a s  fol lows:  



I6 9 

TABLE 6.- S, i n  equation (15)  
J 

n Z 1 , N  

n = l  

n = N  

q1 q 1  q* q2 

p c  91 q* 

q2 
1 . 0  1-Pc 

q 1  

0.0  

q l l  12 q2 1 q22 
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ZIF = a3 (l-YBN)/ a2 

From Hovmand and Davidson (x), if the  v a l u e  of G 

(17) 

f (uo-umf)/0.35 6 i s  less f 

f than  0.2, t h e  bed c a n  be kept  i n  f r e e l y  bubbling condi t ion .  When t h e  v a l u e  of C, 

is  grea te r  than’ 0.5, t h e  bed is i n  a s l u g  flow condi t ion .  When 6 i s  between 0 .2  
f 

to  0.5, t h e  bed i s  i n  a t r a n s i t i o n  condi t ion  between bubbling flow and s l u g  flow. 

Recently, Mori and  Wen (17,s) presented  a new c o r r e l a t i o n  of bubble growth 

for  a bubbling bed a s  follows: 

DB = DBM - (DBM-DBo) exp (-0.3 h/Dt) (18) 

where DBM i s  t h e  maximum bubble diameter,  DBO i s  the i n i t i a l  bubble diameter and 

h i s  the  e l e v a t i o n  above t h e  d i s t r i b u t o r .  

Since t h e  f l u i d i z e d  g a s i f i c a t i o n  u n i t  used has a l a r g e  bed he ight  t o  diameter 

r a t i o  (Lr>>Dt). equa t ion  (18) c a n  be s i m p l i f i e d  a s  follows: 

Then, the  h e i g h t  of each  compartment i n  the  bed, Ahn, a l s o  can b e  approximated a s :  

Ah n B  = D = Dm, ( 2 0 )  

Fon = l l / D B  (21) 

From Kato and Wen (L), the g a s  in te rchange  c o e f f i c i e n t ,  Fori, is given by 

Based on t h e  two-phase theory,  volume f r a c t i o n s  of  bubble phase and emulsion phase 

i n  each compartment are given a s  fo l lows ,  r e s p e c t i v e l y :  

L~~ = V /Ah A = (u -u (22) Bn n t o mf)lUB 

Veri = (l-cBn) AhnAt (23) 

Since t h e  s o l i d  p a r t i c l e s  may b e  assumed t o  b e  t r a n s f e r r e d  upward i n  t h e  wakes 

behind the  bubbles,  t h e  volumetric flow r a t e  of s o l i d s  upward c a n  b e  w r i t t e n  a s  

fw (uo-u ) ( l - c  ) A t ,  where fl, is  t h e  volume r a t i o  of  t h e  wake and t h e  bubble.  mf mf 



Thus, q2 can be r e w r i t t e n  a s ,  

Using equat ions (19), (201, (211, (221, (23) and (24) t h e  va lues  of VBn, Veri, 

q 2  and Ah can be ca lcu la ted  f o r  a s e t  of opera t ing  condi t ions .  Thus, numerical 
n 

s o l u t i o n s  of equat ions  (13) ,  (?."), and (15) are obtained s imultaneously by an iter- 

a t i v e  method. 

Resul ts  of Fluidized-Bed Performance Simulation 

A computer l o g i c  diagram is  shown i n  f i g u r e  15. 

In  t a b l e  7, t h e  c a l c u l a t e d  reac t ion  r a t e  constants  a r e  shown based on the  experi-  

mental carbon conversions. The va lues  of r e a c t i o n  r a t e  cons tan ts  from t h e  Bubble 

Assemblage Model and those from the  s i m p l i f i e d  Bubble Assemblage Model wi th  c o b  

p l e t e  mixing of s o l i d s  a r e  compared. As f o r  the  a x i a l  s o l i d s  mixing, t h e  l a r g e  

he ight  to  diameter  r a t i o  of the  experimental  r e a c t o r  used r e s u l t s  i n  a r e l a t i v e l y  

small  degree of s o l i d  mixing. The fol lowing equat ion  der ived by Miyauchi ( 2 3  f o r  a 

backflow mixing model is used t o  estimate t h e  Pec le t  number f o r  counterf low case ,  

where N is the t o t a l  number of compartments. For the  overflow case, an  analogy 

of equat ion (25) i s  used t o  c a l c u l a t e  the P e c l e t  number: 

I n  t a b l e  8, the  values  of are tabula ted  and vary between 0.3 t o  1.2, con- 
NPe 

s iderably  d i f f e r e n t  from t h e  l a r g e  values  obtained fo r  complete mixing. A s  can 

be seen from t a b l e  7, t h e  k values  of countercurrent  opera t ion  ca lcu la ted  from 

the Bubble Assemblage model with p a r t i a l  mixing of s o l i d s  d i f f e r  verv l i t t le from 

t h e  Bubble Assemblage model with complete mixing of s o l i d s  i n d i c a t i n g  t h a t  t h e  

s o l i d  mixing does not  a f f e c t  carbon conversion s i g n i f i c a n t l y .  The r e a c t i o n  

r a t e  constants  a r e  p l o t t e d  on an Arrhenius P l o t  shown in f i g u r e  16 based on 

E 
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TABLE 7 . -  Comparison of Reaction Rate Constants Calculated 
fron Bubble Assenblage Models 

ZIF Bed temp. kcal., atm-l hr-’ ‘1F Run So l id  

No. Flow observed observed K So l id  p a r t i a l  So l id  complete 
mixed mixed 

11 0.608 0.419 1073 0.0450 0.0515 

12 counter 0.551 0.335 1118 0.0202 0.0220 

13 0.556 0.383 1113 0.0216 0.0248 

14 0.537 0.357 1183 0.0139 0.0152 

current 

2 0.552 0.376 1158 0.0145 0.0123 

3 over- 0.536 0.356 1158 0.0284 0.0140 

5 0.558 0.345 1158 0.0316 0.0223 
f low 
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92 Run No. 11 

11 32 19 .9  

12 34 2 5 . 1  

13 39 20 .3  

14 41 25 .8  

2 38 46.4 

3 54 1 6 . 0  

5 40 20 .5  

.\ 
\ 

‘INpe 

0.64 

0.76 

0.53 

0.64 

1.22 

0 .30  

0.51 

! 

\ 



t h e  average temperatures  of t h e  bed. The d a t a  inc lude  the  r e s u l t s  of I .G .T .  

experiments 

bed hydrogas i f ica t ion  experiments .  The complete mixing model i s  used f o r  ca l -  

cu la t ion  of t h e  r e a c t i o n  r a t e  cons tan ts  f o r  the I.G.T. experiments. The r e a c t i o n  

r a t e  cons tan ts  c a l c u l a t e d  from moving-bed d a t a  a r e  a l s o  p l o t t e d  i n  f i g u r e  16. 

(1) shown i n  t a b l e  9 f o r  countercurrent  and concurrent  f lu id ized-  

An empir ica l  r e l a t i o n  f o r  t h e  temperature  e f f e c t  on t h e  r a t e  cons tan t  can 

be expressed as, 

I n k =  - 4 . 3 6 ( $  x lo3 + 0.28 ( 2 7 )  

- 1  where k: am.-' h r .  , and T: K . 
An a c t i v a t i o n  energy of 8.63 Kcal/mole is est imated which . i s  very much smaller 

thaE 15-16 ax!  2 1  Kcal /zo lc  repor ted  by Feldmann et a1 (2). 

The r a t e  cons tan ts  c a l c u l a t e d  from t h e  moving-bed da ta  a r e  considerably l a r g e r  

than  those from t h e  f l u i d i z e d  bed, p a r t i c u l a r l y  i n  t h e  low temperature  region.  

explanat ion of  t h e  d e v i a t i o n  i s  presented i n  t h e  moving-bed sec t ion .  

t h e  carbon conversions c a l c u l a t e d  using equat ion  (27)  are compared with experimental 

conversions.  The s c a t t e r s . o f  t h e  poin ts  shown i n  f i g u r e s  16  and 1 7  are p a r t l y  due 

t o  the  nonuniformity and time dependency of temperature  a long t h e  bed ax is .  

Moving-Bed-Reactor Model 

An 

In  f i g u r e  1 7 ,  

In  t h i s  model t h e  g a s  and s o l i d  a r e  assumed t o  move i n  a plug flow manner 

and the temperature  p r o f i l e  of t h e  bed is averaged t o  approximate an i so thermal  

reac tor .  

constant  and can be combined wi th  eqkat ion  (3) t o  y i e l d  an  equat ion d e s c r i b i n g  

t h e  carbon conversion i n  terms of p o s i t i o n  i n  the  moving bed (h = 0 a t  top of bed) ,  

The movement of  char  through t h e  moving bed, V = *; is  assumed t o  be 
s d t  

dZ V - = k P  s dh H p  ('-') (28) 

I 

The carbon conversion i n  t h e  countercur ren t  moving bed can be r e l a t e d  t o  t h e  change 

i n  methane content  of  t h e  gas by t h e  carbon ba lance  equat ion ,  
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TABLE 9.- Operating Condition of I.G.T. Experiments 
[Wen and Huebler (1965)) 

Operation . . . .  Counterqurrent Concurrent 

Char. . . . . . .  Consolidation Coal Co. 
Bituminous coal char 

60/325 mesh P' * * * * * 
d 

Dt, cm. . . . . .  4.88 4.3(equivalent) 

T, K . . . . . .  905 - 958 992 - llP9 
Ud, cm./sec. . .  1.83 

W 0 ,  g./sec.. . .  0.61 - 1.07 

PT, atm.. . . . .  
Lf, cm. . . . . .  214 143, 215 

0.28 - 1.05 
29 - 54 F ~ ,  cm3/sec.. . .  57 - 111 

137 - 141 

I 
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(29)  dZ d 
'CO 'SO .h = - .h ('gYM) 

where W i s  t h e  dry  c o a l  feed  r a t e  t o  t h e  d i lu te -phase  r e a c t o r  (gm./hr.), Xo 
so 

f r a c t i o n a l  carbon conversion i n  t h e  dilute-Dhase r e a c t o r ,  Yco t h e  m. moles of 

carbon per gram of d r y  coa l ,  W t h e  molar gas r a t e  (gm.-moleslhr.), and YM t h e  

mole f r a c t i o n  of  methane i n  t h e  gas. We have made t h e  assumption t h a t  t h e  conver- 

sion o f  carbon t o  CO o r  CO? j n  t h e  moving bed w i l l  b e  n e g l i g i b l e .  

with char  appears  t o  support  t h i s  assumption (fi,g). 

hydrogen i s  g iven  by 

M T  

g 

Previous work 

The p a r t i a l  p r e s s u r e  Of 

(30)  
pHP = ) 

where PT is t h e  t o t a l  p r e s s u r e  and n is  t h e  combined mole f r a c t i o n  of  hydrogen 

and methane i n  t h e  gas .  

t i o n  of  i n e r t s  i n  t h e  gas .  The ne t  change i n  t h e  molar gas  r a t e  is 

The d i f f e r e n c e  of  n from u n i t y  r e p r e s e n t s  t h e  mole fKaC- 

Equations (29 )  and (31) may b e  i n t e g r a t e d  over an  a r b i t r a r y  d i s t a n c e  h s t a r t i n g  

at  t h e  top of t h e  moving bed r e s u l t i n g  i n  t h e  equat ions  

'go 'KO - 'gYM = 'co 'so (32) 

2 

Wg - Wgo = Yco Wso \ (A-l)dZ (33) 
0 

Evaluation of  equat ions  (32) and (33) using t h e  boundary condi t ions  Z =ZH, y M =  0 

and W 

Y and W c a n  b e  e v a l u a t e d  a t  any p o i n t  i n  t h e  moving bed. 

= WgH a t  h = H y i e l d s  va lues  f o r  W and YpIo. Once W and YMo a r e  known, 
g go go 

Thus, t h e  mole f r a c t i o n  
M .  g 

of methane a t  any p o s i t i o n  h is  given i n  terms of t h e  carbon conversion a s  

YM = 'go 'Mo - 'co 'so 

'go + 'co 'so 5 (1-l)dZ 
0 

( 3 4 )  

- i  
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1 

Henceforth the  i n t e g r a l  in t h e  denominator w i l l  b e  w r i t t e n  a s  F(Z).  

t i o n  Of equations (30) and (34) i n t o  equat ion  (28) and i n t e g r a t i n g  over t h e  l e n g t h  

of t h e  bed, H, y i e l d s  t h e  following r e l a t i o n s h i p  for t h e  r e a c t i o n  r a t e  c o n s t a n t  k: 

Subs t i tu -  

[l - BFCZ)] dZ 
k = L  5" [A + B(1-Z) - nBF(Z)]Cl-Z] 

'Te 

where 8 - Vs/H 

A = n-YMo - B 

(35) 

Equation (35) can b e  solved a n a l y t i c a l l y  in one, two, o r  t h r e e  p a r t s ,  depending 

on t h e  eva lua t ion  of ,A i n  equat ion  (1). The s o l u t i o n  of equat ion  (35) i s  shown i n  

Appendix A. 

Moving-Bed Resul t s  

The conversion of t h e  c o a l  c o n s t i t u e n t s  are p l o t t e d  in f i g u r e  18 v e r s u s  

res idence  time i n  t h e  moving bed. Zero res idence  t i m e  corresponds to  s o l i d  m a t e r i a l  

f r e e - f a l l i n g  through t h e  dilute-phase r e a c t o r  followed by f r e e - f a l l  through t h e  

empty moving-bed r e a c t o r .  Such a condi t ion  should approximate t h e  conversion 

in t h e  dilute-phase r e a c t o r  p l u s  t h a t  in t h e  f r e e - f a l l  por t ion  of the  moving-bed 

r e a c t o r  when a char bed l e v e l  is maintained. Char conversion in t h e  f r e e - f a l l  sec- 

t i o n  of t h e  moving-bed r e a c t o r  is probably low because t h e  r e a c t i v i t y  is much lower 

compared t o  the  s t a r t i n g  c o a l  and t h e  res idence  t ime is less than  a second. Zero 

res idence  time tests y ie lded  a carbon conversion o f  30%. and t h i s  va lue  is used 

a s  X in t h e  moving-bed model c a l c u l a t i o n s .  These r e s u l t s  a r e  summarized in t a b l e  

10 and the  r a t e  cons tan ts  a r e  shown on f i g u r e  1 6  as a n  Arrhenius plot.The e f f e c t  

of temperature on t h e  moving-bed r a t e  cons tan t  va lues  can b e  descr ibed  by t h e  
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equat ion 

I n  k - -2.21 (L) x l o 3  -1.19 (36) 

The discrepancy between t h e  moving-bed and f luid-bed da ta  i n  f i g u r e  16 was f i r s t  

bel ieved to  be a r e s u l t  of hydrogen mass t r a n s f e r  r e s i s t a n c e  between t h e  bulk 

gas and the char  p a r t i c l e  sur face .  

ranged from 0.882 to  1.146 while  the Schmidt number var ied  from 0.569 t o  0.933. 

Using these va lues  and a v a i l a b l e  mas6 t r a n s f e r  c o r r e l a t i o n s ,  t h e  mass t r a n s f e r  

c o e f f i c i e n t ,  kg,  was est imated t o  be 0.119 t o  0.132 moles H2/hr.cm.2atm. 

t i o n  of these  values  t o  t h e  same form as k y ie lded  mass t r a n s f e r  c o e f f i c i e n t s  in 

excess  of 1,400 atrn.-’hr.-‘ confirming t h a t  p a r t i c l e  f i l m  r e s i s t a n c e  was not a 

s i g n i f i c a n t  f a c t o r .  The discrepancy is bel ieved  t o  be a r e s u l t  of h e a t  t r a n s f e r  

r e s i s t a n c e  from the char  p a r t i c l e s  t o  t h e  bulk  gas phase r e s u l t i n g  i n  t h e  p a r t i c l e  

temperature be ing  higher  than t h e  temperature of t h e  gas  and t h e  measured bed 

temperature. This can b e  v e r i f i e d  by a simple h e a t  t r a n s f e r  model i f  w e  assume 

t h e  r e a c t i o n  r a t e ,  t h e  average p a r t i c l e  temperature ,  and the average gas  tempera- 

t u r e  i n  the bed a r e  cons tan t ,  and the  hea t  generated by r e a c t i o n  is d i s t r i b u t e d  

uniformly w i t h i n  the p a r t i c l e s .  A heat  balance around a p a r t i c l e  g ives  t h e  equat ion  

T 

The Reynolds number f o r  the moving-bed tests 

Correc- 

dT h A Q  A H  

A - a ( T  dn g P  - T ) + &  QT 5-s 
(37) 

where t h e  equat ion  f o r  t h e  hea t  generat ion r e t e  per  u n i t  volume of bed, QT is 

Using the  boundary condi t ions  T - T when n = 0 (t = 0) and T = T when rl = 1 ( t  - Q) 
the  so lu t ion  of equat ion (37) is, 

P g  p PI 



Evaluat ion of equat ion  (39) us ing  the  parameter va lues  l i s t e d  i n  t a b l e  11 y i e l d s  

Tpl /Tg = 1.2  and T 

t = 0 = 30.6 sec.  is 187 K above t h e  temperature  of  t h e  gas, which i s  933 K. 

The log-mean average temperature of t h e  p a r t i c l e s  is  990' K, so t h a t  on the average 

che d i f f e r e n c e  i n  temperature  between the  gas and p a r t i c l e s  is 5 7  K f o r  t h i s  

case. Thus, the  moving-bed k values  a t  t h e  lower temperatures  i n  f i g u r e  16 should 

be more toward the  left  s i n c e  t h e  p a r t i c l e  temperature  was probably higher  than  

t h e  gas temperature .  The measured temperature approximates t h e  gas temperature 

s i n c e  the  gas  channels  a long the  thermocouple sheath sweeping i t s  s u r f a c e  t o  a la rge  

extent .  The contact  a r e a  between the  char  p a r t i c l e s  and t h e  thermocouple sheath i s  

small compared t o  t h e  a r e a  swept by t h e  gas. 

CONCLUSIONS 

= 1120 K. This means t h e  temperature  of the p a r t i c l e s  a t  
PI 

Hydrogas i f ica t ion  r e a c t i o n  r a t e  cons tan t  values  were c a l c u l a t e d  using p a r t i a l  

mixing and complete mixing vers ions  of t h e  Bubble Assemblage model of t h e  f l u i d i z e d  

bed. 

on' t h e  carbon conversion.  

i n  the bed were under 40%. Thus, the  r e a c t o r  was opera t ing  i n  a regime where 

changes i n  a x i a l  mixing e x h i b i t  only a minor inf luence  on conversion.  

f o r  the complete mixing model with countercurrent  opera t ion  are s l i g h t l y  h igher  

than the  v a l u e s  f o r  t h e  p a r t i a l  mixing model because t h e  carbon content  i n  t h e  

These r e s u l t s  i n d i c a t e d  t h a t  s o l i d  mixing d i d  not  have a s i g n i f i c a n t  e f f e c t  

This  was not  unexpected because t h e  carbon conversions 

The k values  
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TABLE 11.- Parameter Values Used in Equation 39 

U 
0 

T 
8 

e 

'b 
- 
C 
PS 

p f 

2.5 cm./sec. 

933 K 

30.6 sec. 

0.04 cm. 

0.15 gm./cm. 

cP f 

yco 

2 
1 

Pr 

Re 

0.4 cal./gm. K Nu 

4 x 10- 3 gm./cm. 3 

3.6 x poise 6 

hf 

1.0 x cal./cm.sec. K B 

1.5 x l o 3  cal./gm. carbon reacted 

3.5 cal./gm. K 

0.10 

0.68 

12.6 

1.11 

0.01 

2.5 x cal./cm? see. K 

1.0 

0.3 =- - 0.3 w S O  

wS 

I 



182 

completely mixed bed i s  lower than i n  most l o c a t i o n s  i n  the  p a r t i a l  mixed bed, 

t h u s ,  r e q u i r i n g  a l a r g e r  rate cons tan t  i n  order  t o  obta in  the  same amount of 

conversion. In t h e  case of overflow opera t ion  of the  f l u i d  bed, l a r g e r  k values  

are obtained f o r  t h e  p a r t i a l  mixing case than f o r  complete mixing because some 

of the  char  p a r t i c l e s  have a very s h o r t  r e t e n t i o n  t i m e  i n  t h e  bed before  overflow- 

i n g  out. 

a s  the complete mixing case. 

The k va lues  must then be l a r g e r  i n  order  t o  o b t a i n  t h e  same conversion 

Mixing w a s  important, however, from t h e  s tandpoin t  of h e a t  removal from t h e  

char  p a r t i c l e s  and maintaining an  approximately isothermal  bed. The importance 

of heat removal was very ev ident  i n  the moving-bed r e s u l t s  where hea t  t r a n s f e r  

from the char  p a r t i c l e s  w a s  apparent ly  poor, causing t h e  p a r t i c l e  temperature  t o  

be higher  than the  measured temperature. This e f f e c t  was dominant i n  t h e  low- 

temperature region where moving-bed k values  were s i g n i f i c a n t l y  l a r g e r  than f l u i d -  

bed k values .  This  h e a t  t r a n s f e r  problem may be t h e  reason why Peldmann, e t  a l  

(12) obtained l a r g e  v a l u e s  of k and a l a r g e  a c t i v a t i o n  energy when they f i t  t h e  

k i n e t i c  model given by equat ion  (3) t o  t h e  moving-bed da ta  of Lewis, et  a1 (1). 
Obviously, hydrogas i f ica t ion  d a t a  i s  b e s t  obtained i n  a f l u i d i z e d  bed o r  i n  a 

thermobalance such as t h a t  used by Johnson (22) where t h e  r e a c t i o n  h e a t  can b e  

removed so t h e  char  temperature  is equivalent  t o  t h e  gas  temperature and is  i so-  

thermal. 

NOMENCLATURE 

A s p e c i f i c  s u r f a c e  a r e a ,  A % ( I - E ) ~  , cm.2lcm.3 

A t .  

Cpf 
C average char  h e a t  capac i ty ,  callgm. K 

d p a r t i c l e  d iameter ,  cm. 
P 

EZp 

6 

P 

c r o s s  s e c t i o n a l  area of t h e  bed, cm.* 

average  h e a t  capac i ty  of gas ,  callgm. K 

P P 

- 
- 

pa 

a x i a l  s o l i d  d i s p e r s i o n  c o e f f i c i e n t ,  cm. 2/sec.  
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I 

Fori 

Ft 

h 

H 

hf 

Ahn 

-AH 

k 

Lf 
N 

n 

PH 

91.92 

QT 
t 

T 

T 

T 
g 

P 
U 
0 

UB 

‘mf 

gas interchange c o e f f i c i e n t  per  u n i t  volume of bubble  phase in rl-th com- 

partment, sec.-l 

volumetr ic  gas  flow r a t e  in t h e  bed. ~rn.~/sec.  

a x i a l  d i s t a n c e  along bed, cm. 

moving-bed he ight ,  cm. 

heat  t r a n s f e r  c o e f f i c i e n t ,  cal.lcm.2 K. sec. 

length of t h e  n-th compartment, cm. 

heat  of reac t ion ,  cal.lgm. carbon 

reac t ion  r a t e  cons tan t  of carbon, atm.-’hr.-’ 

fluid-bed he ight ,  cm. 

t o t a l  number of compartments 

n-th compartment O K  one minus i n e r t s  mole f r a c t i o n  

hydrogen p a r t i a l  p ressure ,  atm. 

r a t i o  of s o l i d  downflow rate and s o l i d  upflow rate t o  t h e  s o l i d  feed  rate, 

respec t ive ly  

hea t  generated in t h e  moving bed, cal./sec. ~ m . ~  

time, sec. 

average bed temperature. K. 

average gas  temperature ,  K. 

average p a r t i c l e  temperature. K. 

s u p e r f i c i a l  gas  ve loc i ty .  cm./sec. 

bubble r i s i n g  v e l o c i t y ,  cm./sec. 

s u p e r f i c i a l  gas v e l o c i t y  a t  minimum f l i  diz  311, cm.1sec. 

V b,ven volume of t h e  bubble  and emulsion phase a t  t h e  n-th compartment. ~ r n . ~  

v downward char  rate in moving bed. cm./sec. 

W W W t o t a l  gas  r a t e  through t h e  bed, moleslsec.  

WHO 

g, go. gH 
feed rate of hydrogen gas,  moleslsec. 

I 



Wso coal  feed  rate, gm./sec. 

Ws 
X t o t a l  f r a c t i o n a l  carbon conversion 

YBn,Yen 

- 
average char  r a t e  in moving bed, gm./sec. 

nondimensional p a r t i a l  p ressure  of hydrogen in bubble and emulsion phase 

a t  n-th compartment, respec t ive ly  

YHo hydrogen concent ra t ion  in feed  gas ,  molelcm.3 

YAo i n i t i a l  carbon content  in feed coa l ,  Y - Y:o(l-Xo) 

YM methane concent ra t ion .  mole /~m.~ 

7. 

Z1,ZIF 
a 

co 

carbon conversion based on t h e  feed char ,  Z f (X-X )I(l-Xo) 

o u t l e t  carbon conversion from moving bed and f l u i d i z e d  bed, respec t ive ly  

number of moles of hydrogen reac ted  wi th  one gram of carbon, molelgm. 

void f r a c t i o n  i n  emulsion phase 

n nondimensional t i m e  

9 res idence  time in moving bed, aec.  

A number of moles of hydrogen resc ted  with one mole of carbon, m l e l m o l e  

pb char  bu lk  d e n s i t y ,  gm. /~rn .~  

pp char p a r t i c l e  dens i ty ,  g m . l ~ m . ~  

pc0 

Subscr ipt  

0 i n l e t  

1 o u t l e t  

B bubble phase 

e emulsion phase 

n n-th compartment 

dens i ty  of f e e d  coa l ,  g m . / ~ m . ~  
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APPENDIX A 

Solu t ion  of Equation (35) 

T h e h ~ ~ c t i o n  F(Z> in equat ion (35) lras t h r e e  d i f f e r e n t  forms a s  def ined by 

equat ions (2) and (34) depending upon t h e  t o t a l  f r a c t i o n a l  carbon conversion. 

When t h e  t o t a l  f r a c t i o n a l  carbon conversion. X, i s  less than 0.45, A has t h e  con- 

s t a n t  value 1.0 and F(Z) = 0. The i n t e g r a l  f o r  t h i s  ca se  i s  then  very simple. 

When X is between 0.45 and 0.55. X h a s  a va lue  t h a t  v a r i e s  l i n e a r l y  wi th  X and 

F(Z) tu rns  o u t  t o  be a p a r a b o l i c  funct ion.  

t i o n  (35) is eva lua ted  in two s t e p s :  

second, f o r  0.45 up t o  t h e  measured va lue  of X and F(Z) as a pa rabo l i c  funct ion.  

Thus kl and kp correspond t o  t h e  values  of  t h e  f i r s t  and second p a r t s  of  t h e  in t e -  

g r a l .  When X i s  l a r g e r  than 0.55, 

func t ion  of  Z. 

p a r i s  f o r  t h e  i n t e g r a l  corresponding t o  k l ,  k2, and k3. 

by t h e  fol lowing equa t ions .  

For t h i s  case t h e  i n t e g r a l  of equa- 

f i r s t .  f o r  X up t o  0.45 and P(Z) = 0; and 

has  t h e  cons t an t  va lue  1.8 and F(Z) is a l i n e a r  

For t h i s  ca se  t h e  same procedure a s  used previously r e s u l t s  in t h r e e  

These r e s u l t s  are summarized 



187 

Case 1: x a . 4 5  

F(Z) - 0 

Case 2:  0 . 4 5 9 5 0 . 5 5  

F ( Z )  - aZ2 + bZ t c 

where a = 4(1-Xo) 

b = 8X - 3.6 

c = 4(0 .45  - X o ) 2 / ( 1  - X ) 

0 

k = k, + k2 

where 8 = -4nB(1-Xo) 

6 -  B(1-nb') 

C = A - nBC' 
- 

q - 4 a t  - 5 2  , q>o 

b' = -(2a t b) 

C ' =  ( a + b + C )  

a 1 - Z H ) 2  t b(1-Z") + c 



Case 3: 
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X>O. 45 

F(2)  = 0.82 i- (0.8X0 - 0.40)/(1-X0) 
k = k  + k  + k  

1 2 3  

where D = 0.80B 

E 

G = (1 + 0.8n)B 

J = A + n(E-1 )  

0.8B - B(0.8Xo - 0.40)/(1 - XJ 
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